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Abstract The present work proposes a modelling and

optimization framework for hybrid pressure swing ad-

sorption (PSA) and membrane processes for gas separa-

tions. The hybrid PSA/membrane scheme has been applied

on the process of hydrogen production from steam methane

reformer off gas. Three different hybrid separation schemes

have been considered and analyzed. Maximum overall

hydrogen recovery has been achieved for given minimum

requirements in product purity, while optimizing various

PSA and membrane operating and design parameters: the

number of adsorption columns, PSA cycle configurations,

the number of pressure equalizations/co-current depres-

surization steps, multiple adsorbent layers, PSA and

membrane feed pressure, purge-to-feed ratio, bed length,

carbon-to zeolite ratio, membrane area, thickness, and

support thickness. The optimization results have been

compared to the optimization results of the PSA only case

and the benefits of hybrid separation systems have been

assessed in terms of the improvements in the overall hy-

drogen recovery (*2 %), reduction of adsorption beds size

(up to 46 %), concentration of the carbon dioxide and

carbon monoxide captured in a separate stream (up to

76 %), and reduction of the carbon dioxide content in the

waste gases (up to 74 %).

Keywords Hybrid processes � Pressure swing

adsorption � Porous membranes � Gas separations �
Modeling � Optimization

List of symbols

Amembrane Area of the membrane (m2)

aV Specific area (m2/m3)

b Langmuir isotherm parameter (m3/mol)

C Gas phase molar concentration of species

i (mol/m3)

Ci
in Gas phase molar concentration of species i at

the membrane inlet (mol/m3)

Cp Molar concentrations of gas phase in particles

(mol/m3)

cp Heat capacity (J/(kg K))

Cv Gas valve constant

D Bed diameter (m)

De Effective diffusivity coefficient (m2/s)

Dm Molecular diffusion coefficient (m2/s)

Ds Surface diffusion coefficient (m2/s)

Dz Axial dispersion coefficient (m2/s)

�Di Stefan Maxwell diffusivity of species i (m2/s)

�Dij Stefan Maxwell diffusivity (molecule–

molecule interactions) (m2/s)

�Ds
i Stefan Maxwell surface diffusivity of species

i (m2/s)

�Ds
ij Stefan Maxwell surface diffusivity (sorbate–

sorbate interactions) (m2/s)

Dz Axial dispersion coefficient (m2/s)

F Molar flowrate (mol/s)

DHads Heat of adsorption (J/mol)

L Bed or membrane unit length (m)

MW Molecular weight (kg/mol)

Ncomp Number of components (–)

Ni Molar flux, mol/(m2 s)
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P Total pressure (Pa)

pi Partial pressure of species i (Pa)

Q Adsorbed amount (mol/kg)

Q* Adsorbed amount in equilibrium state with gas

phase (in the mixture) (mol/kg)

Qm Langmuir isotherm parameter (mol/kg)

qi
sat Monolayer saturation capacity of species i (mol/kg)

qi The amount adsorbed of species i (mol/kg)

r Radial domain

Rp Particle diamater (m)

Rbed Bed radius (m)

R Ideal gas constant (J/(K mol))

T Temperature (K)

Tp Temperature of particles (K)

u Interstitial velocity (m/s)

uin Interstitial velocity at the membrane inlet (m/s)

x Molar fraction in gas phase (–)

z Axial domain

Z Compressibility factor (–)

PSA operating steps

PressCC Counter-current pressurization step

Ads Adsorption step

PEQ1, PEQ2, PEQ3 Pressure equalization steps

CoCD Co-current depressurization step

Blow Counter-current blowdown step

Purge Counter-current purge step

Greek letters

dm Membrane thickness (m)

ds Support layer thickness (m)

e Adsorbent porosity (–)

ebed Adsorbent bed porosity (–)

ep Porosity of particles (–)

c Activity coefficient (–)

C Thermodynamic factor (–)

h Fractional coverage (–)

hm Membrane stage cut (–)

k Thermal conductivity (J/(m K))

kp Thermal conductivity of particles (J/(m K))

l Viscosity (Pa s)

li Chemical potential of species i (J)

q Density (kg/m3)

qp Density of the particles (kg/m3)

s Time (s)

scycle PSA cycle time (s)

Abbreviations

PSA Pressure swing adsorption

SMROG Steam methane reformer off gas

IAS Ideal adsorption solution theory

RAS Real adsorption solution theory

CBMC Configurational-bias Monte-Carlo

1 Introduction

Adsorption and membrane systems have become highly

important gas separation technologies in chemical

manufacturing, petroleum and natural gas refining and new

clean energy concepts. The importance of these technolo-

gies is evident by their application in the production of over

41 million tons/year of hydrogen and 100 million tons/year

of oxygen worldwide (Ritter and Ebner 2007).

Pressure swing adsorption (PSA) has attracted increas-

ing interest because of its low energy requirements as well

as low capital investment costs in comparison to traditional

separation processes such as cryogenic distillation (Ruth-

ven 1984; Yang 1987). PSA is able to produce high purity

gases at high recovery; however, capital costs and energy

requirements of PSA systems are still considerably high

because modern industrial PSA units typically utilize lay-

ered beds containing up to four adsorbents and, depending

on the production volume, anywhere between four and

sixteen beds.

Within the current state-of the-art, membrane systems

offer low energy consumption, significantly lower invest-

ment costs, and ease of operation (Grol 2009). Low se-

lectivity, however, makes problematic the production of

high purity gases. If it was feasible to combine the reliable

PSA technology, able to produce high purity gases with the

low cost membrane systems this could lead to a substantial

performance improvement, both in terms of energy re-

quirements and overall product recovery. The additional

attainable benefits are the lower overall capital costs (by

decreasing the size or number of adsorption beds) and a

reduced negative impact on the environment (by removing

the most common pollutants, carbon monoxide and carbon

dioxide).

Hybrid units can be seen as multifunctional equipment,

one that couples and uncouples elementary transport, re-

action and separation processes. This flexibility is used to

increase productivity or selectivity for the desired product

and to facilitate the separation of by-products. There are

many separation processes involving hybrid unit op-

erations. For instance, the concept of reactive or catalytic

distillation has been commercialized successfully in pet-

roleum processing and manufacturing of chemicals where

reactive distillation is often employed. These hybrid units

have been used to help to achieve higher conversions and

yields in chemical reactors compared to conventional re-

actor configurations. However, the modelling and simula-

tion of hybrid PSA/membrane separation systems has

received rather limited attention in the open literature

compared to modelling of PSA and membranes. Although

there is some published work on the development of hybrid

PSA/membrane separation systems these are seldom about
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common industrial applications. Most of the works avail-

able in the literature are related to the hydrogen production

and purification from various chemical and petrochemical

sources (Ritter and Ebner 2007). Other example of using

hybrid PSA/membrane schemes focus on the production of

oxygen and nitrogen from air for on-board aircraft appli-

cations where bulk separation by membrane is followed by

a purification stage by adsorption (Zolandz and Fleming

1992). There are also numerous patents that have been

granted for applications such as helium recovery, hydrogen

purification, acid gas removal and nitrogen production.

A successful hybrid PSA/membrane separation process

has to exploit the most important features of these two

technologies. To date, membrane technology is not mature

enough to provide high selectivity. Thus, product purity is

at a lower standard compared to PSA. However, mem-

branes offer high fluxes, low energy consumption, possi-

bility for continuous operation, lower investment costs and

ease of operation. On the other hand, PSA is capable of

producing very pure gases with high recovery rates, albeit

at a higher capital investment cost and complex operation,

confounded by the large number of time-dependent vari-

ables and intricate bed interconnections. By combining

these two technologies, it may be possible to retain the high

product purity, higher recovery and at significantly lower

operating costs. For hydrogen production, waste gases of a

higher calorific value, lower carbon monoxide and carbon

dioxide concentrations would be a separation target.

Membrane permeation and PSA are two widely used

processes for gas separation and very often considered to

be alternatives or complements to the more conventional

cryogenic separation process. Membrane separation is

based on the difference in the rate of permeation through a

membrane, while adsorption separation depends on the

difference in either the rate or the equilibrium of an ad-

sorbent. Membrane gas separation is pressure driven and

normally operates continuously, whereas PSA is a cyclic

process, in which beds undergo a sequence of adsorption at

a high pressure and desorption at a reduced pressure,

thereby making it suitable for processing a gas mixture in a

continuous fashion. A concise comparison between PSA

and membrane processes is given by Ruthven (1994).

In broad terms, gas permeation using current membrane

technology is less selective than adsorption. Hence, mem-

brane processes are very efficient for bulk separations

whereas PSA is suitable for achieving higher purities.

There are common commercial applications of hybrid

process schemes combining membrane and PSA as out-

lined in Zolandz and Fleming (1992) for the production of

O2 and N2 from air for aircrafts where bulk separation by

membrane is followed by PSA for further purification.

Another example is presented by Mercea and Hwang

(1994) that studied oxygen production from air by PSA on

zeolite followed by oxygen purification by a membrane. In

addition, several hybrid configurations have been proposed

in international patents for various applications. Those

hybrid schemes can be simply classified into two cate-

gories: membrane followed by PSA, and PSA followed by

membrane. In the first case, the membrane is mainly used

for bulk separation and the concentrated product stream

from membrane is fed to PSA for purification. If high

purity is not demanded, the less concentrated stream from

membrane can be fed to PSA to increase recovery. In the

second case, the waste gas from PSA is fed to membrane to

increase recovery, and the waste gas from membrane can

be used to purge the adsorption beds.

Feng et al. (1998) proposed a novel process that incor-

porates membrane permeation into a PSA process. In the

proposed integrated permeation/adsorption system pressure

is changing as the permeation proceeds with time contrary

to traditional membrane processes where pressures have

been kept constant. Two configurations were considered:

(a) membrane-assisted feed gas pressurization, and

(b) membrane-assisted co-current depressurization. A

bench scale unit was assembled and tested for hydrogen

purification. It was shown that both product purity and

recovery could be improved using the integrated process,

compared to the simple adsorption process, particularly

when the feed gas mixture contained impurities that were

difficult to be removed by adsorption.

Sircar et al. (1999) evaluated experimentally the

separation performance of a hybrid PSA–selective surface

flow membrane process to produce a hydrogen enriched

gas from the steam methane reformer off gas (SMROG).

These authors analysed the operating steps where hydrogen

losses can occur and identified the counter-current de-

pressurization and counter-current purge as the critical

points. Two different schemes to integrate the membrane

with a PSA process were studied. In both cases the mem-

brane was attached to the low pressure waste gases from

the PSA unit and the waste gases compressed to a working

pressure of 3 atm. However, one scheme uses the entire

waste gas from the PSA process while the other scheme

first fractionates waste gases and uses the hydrogen rich

portion as an input to the membrane. The retentate stream

from the membrane was recycled (mixed with the fresh

PSA feed) while the permeate stream was used as a fuel

gas. The results indicate that the integrated process can

increase the net hydrogen recovery up to 7 %.

Esteves and Mota (2002) developed a hybrid gas

separation process, designed and optimized for cyclic

steady-state operation in terms of product purity and re-

covery. The feasibility of the proposed integrated process

was assessed by conducting parametric studies on the
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effect of various operating parameters on the separation

performance. Furthermore the same authors developed a

novel PSA/membrane scheme for gas separation, which

covers both cooperative and opposing regions of the se-

lectivity for the two stand-alone units (Esteves and Mota

2007). One hybrid scheme, denoted ‘A’ is applicable when

the more permeable component is the least adsorbed one,

whereas the ‘B’ hybrid process is suitable when the more

permeable component is also the more adsorbed one. The

‘A’ scheme was thoroughly evaluated for H2/CH4 separa-

tion on activated carbon and a polysulfone membrane with

a typical selectivity H2/CH4 of 35. The membrane works as

a pre-bulk separation unit and is coupled to the intrinsically

dynamic periodic operation of the PSA in a way that the

operating pressure of the PSA unit is used as the driving

force for permeation. In contrast to a conventional PSA

process, adsorption beds for the integrated system are fed

with a varying-composition gas stream, initially rich in the

more permeable but less adsorbed component, which is

progressively enriched in the other component having op-

posite behaviour. The hybrid process behaviour was ana-

lyzed and compared with the conventional PSA unit. The

effect of various operating parameters, such as permeation

throughput, total feed amount per cycle, purge-to-feed ra-

tio, and adsorption and blowdown pressures, is assessed

through detailed process simulation. The simulation results

show that the inclusion of a membrane module into the

cyclic adsorption process improves the separation perfor-

mance when compared to stand-alone PSA. Depending on

the values of the operating parameters, the integrated cycle

gives H2 and CH4 products with purities within the ranges

of 83–97 and 81–99 %, respectively. The product recov-

eries obtained are in the ranges of 77–99 % for H2 and

81–98 % for CH4. The results presented suggested that a

pre-established PSA process, already in operation, could be

advantageously coupled with a suitable membrane module,

according to one of the proposed schemes, to enhance

product purity and recovery. Whether the obtained im-

provements are large enough to overcome capital and extra

operating costs for a given separation, must be assessed on

a case by case basis.

An important conclusion drawn from these works is that

the membrane permeation can be an effective aid in the

pressurization and high-pressure adsorption steps of a

typical PSA process. The results also indicate the feasi-

bility of incorporating membrane permeation into the

blowdown step of the PSA cycle, so that the operating

pressure range available from the PSA can be used as the

driving force for permeation. Therefore, a complete un-

derstanding of these hybrid processes for gas separation is

crucial, mostly because of the increasing benefit in product

quality, plant minimization, environmental impact, and

energetic cost reduction.

2 Modelling and optimization framework

2.1 Pressure swing adsorption (PSA)

PSA is a typical multi-scale process that includes the

proper interconnection of several adsorbent beds by gas

valves. Each bed contains one or more adsorbent layers,

while each layer consists of adsorbent particles packed into

the bed. Finally adsorbent particles have a porous structure

of its own, which may be often bidisperse, as in the case of

zeolite adsorbents, made of zeolite crystallites stacked to-

gether with the use of a proper binding agent (Farooq and

Ruthven 1989). Thus, the mathematical modelling of a

PSA process has to take into account the simultaneous

mass, heat and momentum balances at adsorbent bed and

adsorbent particle level, gas–solid phase equilibrium,

transport and thermo-physical properties of the fluids and a

complicated set of boundary conditions for each operating

step (due to a knotty nature of adsorbent bed connections).

The resulting model equations form a complex set of

coupled partial differential and algebraic equations at dif-

ferent scales: PSA flowsheet with bed configurations, ad-

sorbent bed, adsorbent particle and in certain situations

even at the molecular level. In order to deal with such a

complex system it is necessary to build–up a hierarchical

system of mathematical models each describing particular

scale in a PSA process. Therefore, as far as this work is

concerned the following scales exist:

• Multi-bed PSA flow-sheet

• Adsorption bed

• Adsorbent layer

• Adsorbent particle

An illustration of the various scales considered in the present

PSA model is shown in Fig. 1. The developed PSA multi-

bed configuration schemes and model equations employed

in the present study are the same with those detailed our

published work (Nikolic et al. 2008, 2009). A summary of

the model equations and appropriate boundary conditions

employed in the present case are given in Table 1.

The State Transition Network (STN) algorithm pro-

posed by Nikolic et al. (2009) to develop appropriate multi-

bed configurations by proper opening and closing of the

valves at each bed inlet and outlet, is employed in the

present study. States are represented by operating steps

(that is an adsorbent bed can be in one of the operating

states such as pressurization, adsorption, purge etc.); inputs

are the time elapsed in the process, the time within the

current cycle and several input parameters known a priory

at the time of execution. Each state (the operating step)

includes a set of boundary conditions and gas valves states

(open/closed). A deterministic Finite State Machine (FSM)

is implemented where the next possible state is uniquely
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determined for a given (current) state and input values.

State transitions are decisions when the state change should

occur (based on the input values). This way, it is possible to

control the execution of the process by specifying few

parameters such as the number of beds, the sequence of

steps in one bed, the number of pressure equalization steps,

and the start time and duration of each step. Further details

on the STN method are given elsewhere (Nikolic et al.

2009).

2.2 Membrane modelling

Theoretical approaches for modelling diffusion in mi-

croporous structures generally fall into two different cate-

gories: a kinetic approach and an approach based on

irreversible thermodynamics. The kinetic approach is based

on random walk models and/or transition state theory ap-

propriately modified to account for several additional

phenomena such as multilayer adsorption, surface hetero-

geneity and energy barriers (Yang et al. 1973; Chen and

Yang 1992; Sikavitsas and Yang 1995). The irreversible

thermodynamics approach considers the chemical potential

gradient as the driving force for diffusion (Kärger and

Bülow 1975; Kärger and Ruthven 1992). Multicomponent

interactions occur through competitive equilibrium and/or

diffusional sorbate–sorbate interactions. In this case, the

driving force exerted on any particular species is balanced

by the friction this species experiences with all other spe-

cies present in the mixture and can be accurately described

by the generalized Maxwell–Stefan (GMS) model for dif-

fusion (Krishna 1987, 1990, 1993). Arguably, the Max-

well–Stefan formulation provides the most general, and the

most convenient approach for describing mass transport

which takes proper account of thermodynamic non-ide-

alities and influence of external force fields. Furthermore,

the Maxwell–Stefan approach can be extended to handle

diffusion in macro- and micro-porous catalysts, adsorbents

and membranes. Krishna and Wesselingh (1997) presented

a comprehensive review on the application of the Max-

well–Stefan approach, as well as several examples illus-

trating the inadequacy of the Ficks’s approach to modelling

multi-component diffusion in micro-porous media. The

applicability and advantages of the Maxwell–Stefan ap-

proach have been reviewed extensively by Van den Broeke

and Krishna (1995), Krishna and Van den Broeke (1995),

Bakker et al. (1997), Kapteijn et al. (2000), Krishna and

Baur (2003), Krishna and van Baten (2005a, b, 2006),

Krishna et al. (2004, 2007), Van de Graaf et al. (1999,

2000), Baker (2002), and Vareltzis et al. (2003).

Transport phenomena in porous solids have been the

subject of many studies. Quantitative solutions are feasible

only in few, relatively simple cases such as the permeation

of a single gas. Separation of gas mixtures is much more

complicated due to the complex membrane microstructure,

large pressure gradients and extensive component interac-

tions. In this work, a generic model of a porous membrane

unit has been developed and consists of three coupled

models:

• Permeate and retentate compartments (essentially the

same transport phenomena)

• Micro-porous membrane

• Macro-porous support layer

The mass flux calculated in the membrane model is the

link between the models: flux continuity equations must be

satisfied at the interface between the retentate compartment

and the membrane, between the membrane and the porous

support, and between the porous support and the permeate

compartment. The membrane unit topology is illustrated in

Fig. 2.

Fig. 1 The concept of multiscale modelling in a PSA process. a Multi-bed flow sheet, b adsorption bed, c adsorbent layer and d adsorbent

particle
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Table 1 PSA governing equations

Bulk flow mass balance:

ebed
o uCið Þ
oz

þ ebed
oCi

ot
þ 1� ebedð ÞNi ¼ ebed o

oz
Dz;i

oCi

oz

� �
;8z 2 0; Lð Þ; i ¼ 1; . . .;Ncomp

Concentration profile within the particle is assumed parabolic:

o �Qi

ot
¼ 15De;i

R2
p
ðQ�

i � �QiÞ; 8r 2 ½0;Rp�; 8z 2 0; Lð Þ; i ¼ 1; . . .;Ncomp

The generation term is sum of accumulation in gas phase in particles and amount adsorbed:

Ni ¼ qp o �Qi

ot
þ ep

oCi

ot
; 8z 2 0; Lð Þ; i ¼ 1; . . .;Ncomp

Bulk flow heat balance:

o ebedqcpuTð Þ
oz

þ o ebedqcpTð Þ
ot

þ 1� ebedð Þqg þ 2kh;wall
Rbed

T � Twallð Þ ¼ ebed o
oz

kz oToz

� �
; 8z 2 0; Lð Þ

The generation term qg is given by the sum of accumulations in gas and solid phase within the particles

and heat of adsorption/desorption:

qg ¼
o½ðqpcppþepqpgcp;pgÞT�

ot
qp

PNcomp

i

ðDHads;iÞ o
�Qi

ot
; 8z 2 0; Lð Þ

Momentum balance (Blake–Kozeny equation):

� oP
oz
¼ 180lbgu

2Rpð Þ2
1�ebedð Þ2
e3
bed

; 8z 2 0; Lð Þ

Boundary conditions for stream inlet into the bed:

u Ci � Cin
i

� �
¼ Dz;i

oCi

oz
; z ¼ 0 or z ¼ L; i ¼ 1; . . .;Ncomp

T ¼ Tin; z ¼ 0 or z ¼ L

ou
oz
¼ 0; z ¼ 0 and z ¼ L

Boundary conditions for stream outlet from the bed or closed bed end:

oCi

oz
¼ 0; z ¼ 0 or z ¼ L; i ¼ 1; . . .;Ncomp

oT
oz
¼ 0; z ¼ 0 or z ¼ L

ou
oz
¼ 0; z ¼ 0 and z ¼ L

Adsorption isotherm (Extended Langmuir):

Q�
i ¼ Qm;i

biC
p
i

1þ
P
j

bjC
p
j

; 8z 2 0; L½ �; i; j ¼ 1; . . .;Ncomp; bi;Qm;i ¼ f T ;Pð Þ

Molecular diffusivity (Chapman–Enskog equation):

Dm;i ¼ 1:8583� 10�3

ffiffiffiffiffiffiffiffiffiffiffiffi
T3 1

MWi

Pr2
12
X12

r
; 8z 2 0; L½ �; 8r 2 0; Rp

� �
; i ¼ 1; 2

Knudsen diffusivity (Kauzmann correlation):

Dk;i ¼ 9:7� 103Rpore

ffiffiffiffiffiffiffi
T

MWi

q
; 8z 2 0; L½ �; 8r 2 0; Rp

� �
; i ¼ 1; . . .;Ncomp

Effective diffusivity:

De;i ¼ ep
sp

Dm;iDk;i

Dm;iþDk;i
; 8z 2 0; L½ �; 8r 2 0; Rp

� �
; i ¼ 1; . . .;Ncomp

Gas valve equation: F ¼ Cv SP Pin

ffiffiffi
A

p
; i ¼ 1; . . .;Ncomp

if Pout [Pcrit � Pin : A ¼ 1� Pout=Pinð Þ2P
xiMWi T

				
				

otherwise: A ¼ 1� Pcritð Þ2P
xiMWi T

				
				

where critical pressure is: Pcrit ¼ 2
1þj

� � j
1�j

Power for compression:

Power ¼ j
j�1

� �
RTfeed

Pfeed

Plow

� � j
1�j�1


 �
Nfeed

scycle
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2.2.1 Permeate/retentate compartments

The main assumptions made in the model are:

• One dimensional flow pattern (axial domain)

• Ideal gas behavior

• Isothermal operation

• Negligible pressure drop

• The flow pattern is described by the axially dispersed

plug flow

Mass balance for the axially dispersed plug flow is given

by the following equation:

o uCið Þ
oz

� Dz;i
o2Ci

oz2
þ aVNi ¼ 0; 8z 2 0; Lð Þ;

8i 2 1; . . .;Ncomp

� 
 ð1Þ

The generation term in Eq. (1) contains the molar flux Ni at

each position along the compartment. The molar flux is

calculated in the membrane model and coupled at the in-

terfaces between the compartments and the mem-

brane/support by the boundary conditions equations.

The boundary conditions at the inlet/outlet of the com-

partment depend on the operating mode of the module.

Two operating modes have been developed:

• Co-current mode

u Cijz¼0�Cin
i

� �
¼ Dz;i

oCijz¼0

oz
; 8i 2 1; . . .;Ncomp

� 


ð2Þ
oCi

oz

				
z¼L

¼ 0; 8i 2 1; . . .;Ncomp

� 

ð3Þ

ujz¼0 ¼ uin ð4Þ

ou

oz

				
z¼L

¼ 0 ð5Þ

• Counter-current mode

u Cijz¼L�Cin
i

� �
¼ Dz;i

oCijz¼L

oz
; 8i 2 1; . . .;Ncomp

� 


ð6Þ
oCi

oz

				
z¼0

¼ 0; 8i 2 1; . . .;Ncomp

� 

ð7Þ

ujz¼L¼ uin ð8Þ

ou

oz

				
z¼0

¼ 0 ð9Þ

2.2.2 Porous membrane

The GMS equations provide an adequate basis for the de-

scription of multicomponent mass transfer in porous media

as described by Krishna (1987, 1990, 1993). The Maxwell–

Stefan approach is a convenient way to describe diffusion in

porous media and yields coefficients that are directly

amenable to physical interpretations. The GMS equations

are based on the assumption that movement of species is

caused by a driving force, which is balanced by the friction

that the moving species experience from each other and their

surroundings. Taking the gradient of the thermodynamic

potential as the driving force and treating vacancies as

participating species (representing zeolite) Krishna (1993)

derived equations for the diffusion of adsorbed species.

Following the approach proposed by Krishna and Baur

(2003) it is possible to independently combine the methods

for computing the phase equilibria, the thermodynamic

correction factor and the square matrix of inverse Max-

well–Stefan coefficients. A list of the implemented options

is given below.

(a) Methods for calculating the phase equilibrium:

• Multicomponent Langmuir isotherm (single or

dual site)

Fig. 2 The topology of the

membrane unit
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• Ideal Adsorbed Solution (IAS) theory

• Real Adsorbed Solution (RAS) theory

(b) Methods for the thermodynamic correction factor C:

• Unity matrix (no correction)

• Based on multicomponent Langmuir isotherm

(single or dual site)

• Based on IAS theory

• Based on RAS theory

(c) Methods for the square matrix of inverse Maxwell–

Stefan coefficients�Dij:

• No binary diffusional interactions

• Binary interaction estimated from the Vignes

equation

The membrane is connected at one side to a retentate

compartment and to a support layer at the other and the

boundary conditions at each of two interfaces ensure the

mass flux continuity between them.

The main assumptions made in the model are:

• Two dimensional flow pattern (axial and radial domain)

• Ideal gas behaviour

• Isothermal and the steady state operation

• All adsorption happens at the membrane interfaces

(r = 0 and r = dm)
• At the steady state, gas is in equilibrium with the

membrane surface

• Inside the membrane gas is transported by surface

diffusion

• The flux is constant along the membrane (r axis

direction)

Three options are available to describe multi-component

diffusion in micro-porous media (adsorbate phase):

• Assuming that the Fick law applies (useful during the

initialization of the DAE system):

Ni ¼ � qqsati �Ds
i

RT

ohi
or

; z 2 0; L½ �; r 2 0; dm½ Þ;

8i 2 1; . . .;Ncomp

� 
 ð10Þ

• Assuming friction between molecules less important

than friction with the wall; in that case �Ds
ij is much

larger than �Ds
i and this case is referred to as the

‘‘single-file’’ diffusion mode and given by the following

equation:

Ni ¼ � qqsati �Ds
i

RT

XNcomp

j¼1

Cij

ohi
or

; z 2 0; L½ �; r 2 0; dm½ Þ;

8i; j 2 1; . . .;Ncomp

� 


ð11Þ

• If sorbate–sorbate interactions cannot be neglected, the

general Maxwell–Stefan equations are used:

hi
RT

oli
or

¼
XNcomp

j¼1
j 6¼i

qjNi � qiNj

qsati qsatj �Ds
ij

þ Ni

qsati �Ds
i

;

z 2 0; L½ �; r 2 0; dm½ Þ; 8i; j 2 1; . . .;Ncomp

� 


ð12Þ

For calculation of the cross-term diffusivities (�Ds
ij) Kr-

ishna (1993) proposed to use the empirical relation of

Vignes to determine �Ds
ij from the single-component

diffusivities:

�Ds
ij ¼ �Ds

i

� � hi
hiþhj �Ds

j

� � hj
hiþhj ; z 2 0; L½ �; r 2 0; dm½ Þ;

8i; j 2 1; . . .;Ncomp

� 
 ð13Þ

The gradient of the surface chemical potential
oli
or

in

Eq. (12) may be expressed in terms of the gradients of the

surface occupancies by introduction of the thermodynamic

factor C:

hi
RT

oli
or

¼
XNcomp

j¼1

Cij

ohi
or

; z 2 0; L½ �; r 2 0; dm½ �;

8i; j 2 1; . . .;Ncomp

� 

ð14Þ

where the thermodynamic factor C is given by:

Cij ¼ hi
o ln pi

ohj
¼

qsatj

qsati

qi

pi

opi

oqj
¼ hi

pi

opi

ohj
;

z 2 0; L½ �; r 2 0; dm½ �; 8i; j 2 1; . . .;Ncomp

� 
 ð15Þ

In general, the partial derivative opi
ohj

depends on the ad-

sorption isotherm employed as follows:

opi

ohj
¼ opi T ;P; h; adsorption isothermð Þ

ohj
ð16Þ

In the case that the Extended Langmuir adsorption iso-

therm is used, the partial derivative opi
ohj

can be derived from

the isotherm equation and given in an explicit form as

follows (Krishna 1993):

Cij ¼
hi
pi

opi

ohj
¼

1þ hi
1�

P
k hk

; i ¼ j

hi
1�

P
k hk

; i 6¼ j

8>>><
>>>:

; 8z 2 0; L½ �;

8i; j; k 2 1; . . .;Ncomp

� 


ð17Þ

If the IAS or RAS are used, the partial derivative opi
ohj

cannot be given in an explicit form and has to be calculated

numerically (Krishna and Paschek 2000).
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At the steady state, gas is in equilibrium with the

membrane surface, given by:

hijr¼0 ¼
q�i T;P; xð Þ

		
r¼0

qsati

¼ f P; T ; xð Þ; 8z 2 0; L½ �;

8i 2 1; . . .;Ncomp

� 
 ð18Þ

hijr¼dm ¼
q�i T ;P; xð Þ

		
r¼dm

qsati

¼ f P; T ; xð Þ;

8z 2 0; L½ �;8i 2 1; . . .;Ncomp

� 
 ð19Þ

2.2.3 Support layer

In most cases the resistance of the support layer cannot

be neglected. Although diffusion in the support is

relatively fast compared to diffusion in the zeolite layer,

the support thickness and low porosity causes significant

partial-pressure gradients that influence the boundary

condition at the membrane-support interface (Van de

Graaf et al. 1999).

The general Maxwell–Stefan equations can be used to

calculate the partial-pressure gradient in the support layer,

now applied to gas-phase diffusion (Krishna 1993). Ac-

cording to Krishna, three fundamentally different diffusion

mechanisms exist inside the pores of the porous media:

• Bulk (free molecular) diffusion where molecule–

molecule collisions dominate over molecule–wall col-

lisions; it becomes significant for large pore sizes and

high system pressures

• Knudsen diffusion where molecule–wall collisions

dominate; it is predominant when the mean free path

of the molecular species is much larger than the pore

diameter

• Surface diffusion of adsorbed molecular species along

the pore surface; it is predominant for micro-pores and

for strongly adsorbed species

For a macroporous support, the free molecular diffusion

is predominant and the contribution of the other two

mechanisms is very low because the pores are large and the

support is inert. The support layer is connected at two sides

to the membrane and the permeate compartment and the

boundary conditions at each of two interfaces ensure mass

flux continuity between them.

The main assumptions made in the model are:

• Two dimensional flow pattern (axial and radial domain)

• Ideal gas behaviour

• Isothermal and the steady state operation

• The support layer is inert and macroporous

• Gas is transported by molecular diffusion (pores and/or

pressure is large enough so that Knudsen diffusion is

negligible)

• The flux is constant along support layer and equal to the

flux through the membrane

To describe multi-component diffusion in the gas phase

of the macro-porous media two options are available:

(a) Assuming that the Fick law holds,

Ni ¼ � e�Dij

RT

opi

or
; z 2 0; L½ �; r 2 0; dsð �;

8i 2 1; . . .;Ncomp

� 
 ð20Þ

(b) If molecule–molecule interactions cannot be ne-

glected, the GMS equations (with no Knudsen

diffusivity term) are used (Krishna 1993):

� 1

RT

opi

or
¼

XNcomp

j¼1

xjNi � xiNj

e�Dij

; z 2 0; L½ �; r 2 0; dsð �;

8i; j 2 1; . . .;Ncomp

� 

ð21Þ

If sweep gas is used, Eq. (21) is given in the following

form:

� 1

RT

opi

or
¼

XNcomp

j¼1

xjNi � xiNj

e�Dij

þ xinertNi � xiNinert

e�Di;inert
;

z 2 0; L½ �; r 2 0; dsð �; 8i; j 2 1; . . .;Ncomp

� 


ð22Þ

where Ninert = 0, xinert ¼ 1�
P

NoComp

xj and �Di;inert ¼ �Di

Finally, the GMS equations in the case when sweep gas

is used become:

� 1

RT

opi

or
¼

XNcomp

j¼1

xjNi � xiNj

e�Dij

þ
1�

PNoComp

k¼1

xk


 �
Ni

e�Di

;

z 2 0; L½ �; r 2 0; dsð �; 8i; j; k 2 1; . . .;Ncomp

� 


ð23Þ

2.3 Hybrid PSA/membrane

All previously described models are developed to be

compatible with the gPROMS PML standard library. The

PSA and membrane models can then be easily coupled.

Thus, hybrid schemes can simply be developed by drag-

ging and dropping those models into the flowsheet without

an additional modelling required.

3 Definition of the optimization problem

The hybrid PSA/membrane modelling and optimization

framework has been applied to the process of hydrogen

recovery from SMROG. Hybrid PSA/Membrane separation

units offer some (ideally all) of the following advantages:
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• Increase in product purity.

• Increase in product recovery.

• Increase in the productivity of the adsorbent (i.e.

process more feed by the same amount of adsorbents, or

the same amount of feed by the lower amount of

adsorbents).

• Decrease in capital cost (by decreasing the beds size or

number of beds).

• Removal of some common pollutants (CO and CO2).

• Fractionation of some valuable components from the

mixture, which are usually wasted.

The PSA technology is already capable of producing

hydrogen of very high purity (99.999? %) and further

improvements are neither easy nor commonly required.

Thus, the focus in this work is to achieve the other ob-

jectives: to increase hydrogen recovery, increase adsorbent

productivity (i.e. decrease the size of beds), decrease

capital costs, and capture the carbon monoxide and carbon

dioxide in a secondary stream.

In order to systematically investigate the coupling of

PSA and membrane units two base schemes have been

recognized:

(I) PSA serves as the main bulk separation unit

(II) Membrane serves as the main bulk separation unit

Base scheme I assumes that membrane is an aid to a

PSA module providing the following functionality:

(a) Membrane(s) attached to feed stream (pressurization

and adsorption steps):

• to decrease the concentration of impurities

(b) Membrane(s) attached to waste gases streams (blow-

down and purge steps):

• to recover product (H2)

• to remove certain impurities (such as CO or CO2)

• to fractionate the gas mixture by producing

secondary product

(c) Membranes(s) attached to both feed and waste gases

streams:

• all of the abovementioned

(d) Membrane(s) attached to product stream (adsorption

step):

• to purify crude product from PSA unit

Base scheme II assumes that PSA is an aid to membrane

module providing the following functionality:

(a) PSA attached to permeate stream:

• to recover product (H2)

• to remove certain impurities (such as CO or CO2)

(b) PSA attached to retentate stream:

• to purify crude product mixture from membrane

In the work of Esteves and Mota (2007) the hybrid

concept exploited the base scheme II and was formulated to

address both cooperative and opposing regions of the se-

lectivity for the two stand-alone units, and two main

schemes were developed:

• Scheme A, in which the more permeable component is

the least adsorbed one

• Scheme B, in which the more permeable component is

the more adsorbed one

In this work, we focus on base scheme I which can be

exploited in many different ways. In a general case, we

have several streams entering or leaving a bed:

• At the top of the bed: product, depressurization, purge

and pressurization (by pure light product) streams

• At the bottom of the bed: feed, pressurization (by feed),

blowdown and purge streams

All streams are shown in Fig. 3. There are no benefits to

attach a membrane on a product stream as purity is already

sufficiently high. A depressurization stream of high-enough

purity is used to pressurize or purge other beds as well. The

same stands for all streams at the top of the bed. However,

all streams at the bottom of the bed can be pre- or post-

processed by using one or several membrane units. Feed

and pressurization streams can be processed in order to

decrease the level of impurities in feed that are allowed to

enter the bed and to capture a secondary stream of CO and

CO2. On the other hand, the waste gases that leave the bed

during blowdown and purge steps can be processed in order

to either increase the recovery of the light product, recover

some valuable components (H2 and CH4) and to decrease

the level of pollutants (CO and CO2).

Therefore, three different configurations have been

recognized by the present analysis as feasible:

• A membrane attached to the feed stream (adsorption):

Mem-PSA

• A membrane attached to the waste gases streams

(blowdown and purge): PSA-Mem

• Membranes attached to both feed and waste gases

streams: Mem-PSA-Mem

The objective in the present work is to analyze these

three hybrid configurations and to compare their separation

performance to the base PSA-Only case. In order to make a

fair comparison among the various configurations involv-

ing PSA, it is first necessary to make certain assumptions.

The total cycle time, the amount of feed and the bed di-

ameter are kept constant (to make comparison of beds

easier). Based on the conclusions from our previous work
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(Nikolic et al. 2009), the most significant process pa-

rameters in this separation process are the feed pressure,

bed geometry (length-to-diameter ratio), purge-to-feed ra-

tio and carbon-to-zeolite ratio (for two-layered beds).

The next issue addressed is the type of membrane that

should be employed. Since the objective in this work is to use a

PSA as the main separation unit, the logical choice is to use a

CO2 selectivemembrane to decrease the level of impurities that

enter the bed and to capture CO and CO2 in a separate stream.

For instance, using a hydrogen selective membrane, PSA is

transformed into the auxiliary unit. For processing of the waste

gases a CO2 selective membrane should be used again. The

objective here is to capture CO and CO2 in a separate stream.

3.1 Base case (PSA-Only)

The optimization problem is formulated as the maximization

of hydrogen recovery for given minimum requirements in

hydrogen purity, while optimizing the number of beds and

cycle configuration, feed pressure, purge-to-feed ratio, car-

bon-to-zeolite ratio, and bed length (cycle and step times,

the amount of feed and bed diameter were kept constant):

Max RecoveryH2

s:t: Model Equations

PurityH2
� 99:99%

Nbeds 2 1; 2; 4; 5; 8f g
Configurations 2 C1;C2;C4;C5a;C5b;C8f g
LB�Pfeed �UB

LB� Purge

Feed
ratio�UB

LB� L�UB

LB� Carbon

Zeolite
ratio�UB

LB� Carbon

Zeolite
ratio�UB ð24Þ

where LB and UB denote the lower and upper bounds of

optimization variables, respectively.

3.2 Case 1: Membrane attached to the feed stream

(Mem-PSA)

This hybrid separation scheme consists of a membrane and

a PSA unit which is connected to a retentate stream of the

CO2 selective membrane (Fig. 4). The role of the mem-

brane is to remove impurities from the feed stream sent to

the PSA (retentate stream) and to capture CO and CO2 in a

secondary stream (permeate stream). The goal is to max-

imize the hydrogen recovery while controlling the carbon

dioxide concentration in the membrane retentate that enters

the PSA unit. Therefore, several changes have to be in-

troduced to the problem definition compared to the PSA-

Only case. First, the objective function in this case must be

the maximization of the overall hydrogen recovery, a

combined recovery of the membrane and the PSA unit.

Second, three new design optimization variables were

added to the optimization problem: membrane area,

thickness and support thickness. Permeate side pressure

and temperature were kept constant. Finally, two issues

became obvious from the preliminary optimization runs:

• If a feed pressure is considered common for PSA and

membrane, much lower hydrogen recovery can be

obtained compared to PSA-Only case. Thus, it is

desirable to allow PSA and membrane feed pressures

to be different, by introducing an additional constraint

that the PSA feed pressure must be lower or equal to the

membrane feed pressure. This approach produced

satisfactory results

• To study the effect of the carbon dioxide content in the

PSA feed stream, a new constraint was introduced

representing the maximum concentration of the carbon

dioxide in the membrane retentate stream

Fig. 3 Basic inlet/outlet

streams in a PSA unit
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Keeping the above notes in mind, the optimization

problem is now formulated as the maximization of overall

hydrogen recovery for given minimum requirements in

hydrogen purity and maximum allowed carbon dioxide

concentration in the membrane retentate stream, an input

for PSA, while optimizing the number of beds and cycle

configuration, PSA feed pressure, purge-to-feed ratio, car-

bon-to-zeolite ratio, bed length, membrane feed pressure,

membrane area, and membrane and the support thickness.

Cycle and step times, the amount of feed, bed diameter,

permeate side pressure and temperature were kept constant,

with an additional constraint on the membrane and the PSA

feed pressures:

Max OverallRecoveryH2

s:t: Model Equations

PurityH2
� 99:99%

Nbeds 2 1; 2; 4; 5; 8f g
Configurations 2 C1;C2;C4;C5a;C5b;C8f g
LB�PPSA

feed �UB

LB� Purge

Feed
ratio�UB

LB� L�UB

LB� Carbon

Zeolite
ratio�UB

LB�Amembrane �UB

LB� dmembrane �UB

LB� dsupport �UB

LB�PMembrane
feed �UB

PPSA
feed �PMembrane

feed

xCO2
2 3; 4; 5 and 6%f g

ð25Þ

where LB and UB denote the lower and upper bounds of

optimization variables, respectively.

In our case four different cases have been investigated

where CO2 concentration coming out of the membrane was

fixed to 3–6 % (the CO2 concentration in the feed is 17 %).

This way, Pareto curves can be constructed with the overall

recovery given as a function of CO2 concentration after the

membrane unit and trade-offs between hydrogen recovery

and carbon dioxide content investigated. The outlet CO2

concentrations were limited to the 3–6 % range because in

the cases with less than 3 % of CO2 too much H2 is lost

through the membrane leading to a poor overall recovery,

while in the cases with more than 6 % too little CO2 is

removed and the benefits of the hybrid schemes are lost.

3.3 Case 2: Membrane attached to the waste gases

stream (PSA-Mem)

This hybrid separation scheme consists of a PSA and a CO2

selective membrane unit which is connected to the waste

gases stream from the PSA during the blowdown and purge

steps (Fig. 5). PSA and the membrane unit are connected

via a compressor since the waste gases are available at low

pressures. The role of the membrane is to capture CO and

CO2 in a secondary stream (permeate stream). It follows

Fig. 4 Schematic flowchart for

hybrid scheme 1: Mem-PSA
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that we now have two targets: (a) to maximize hydrogen

recovery; (b) to maximize H2 and CH4 concentrations in

the membrane retentate stream. These two objectives are

not interdependent, since the primary objective is to max-

imize hydrogen recovery, and the optimization problem

can be split into two smaller problems. First, the PSA unit

is optimized; then, starting with the waste gases from the

PSA unit with combined blowdown and purge off gases

and using an average composition, flowrate and tem-

perature, the optimization problem is solved for the second

objective. Obviously, the first objective is identical to the

PSA-Only case. Consequently, the optimization results of

the first problem should be equal to the results from the

PSA-Only case (which is actually the case, as it will be

shown in the section with the results). The mathematical

formulation of the PSA optimization problem is given

previously by Eq. (24). The membrane optimization

problem can be formulated as the maximization of the

combined H2 and CH4 concentration in the membrane re-

tentate stream of the membrane system downstream the

PSA, while optimizing the membrane feed pressure (since

the waste gases are available at low pressures), membrane

area, and membrane and support thickness (permeate side

pressure is kept constant, while the temperature is equal to

the average temperature of waste gases):

Max xH2
þ xCH4

ð Þin retentate

s:t: Model Equations

LB�Pfeed �UB

LB�Amembrane �UB

LB� dmembrane �UB

LB� dsupport �UB

ð26Þ

3.4 Case 3: Membranes attached to both feed

and waste gases streams (Mem-PSA-Mem)

This hybrid separation scheme consists of the Mem-PSA

scheme (membrane ? PSA) with an additional CO2 se-

lective membrane unit connected to the waste gases stream

from the PSA during the blowdown and purge steps

(Fig. 6). PSA and the second membrane unit are connected

via a compressor. Again, we have two objectives: a) to

maximize hydrogen recovery; b) to maximize H2 and CH4

concentrations in the membrane retentate stream. In this

scheme we have two CO ? CO2 secondary streams (per-

meate streams from both membranes). All the conclusions

made for the PSA-Mem case hold here as well: we have two

objectives and we can split the optimization problem into

two smaller problems. In this case, the PSA and the first

membrane unit will be optimized together; then, starting

with the waste gases from the Mem-PSA case (combined

blowdown and purge off gases) of the average composi-

tion, flowrate and temperature the second problem is

solved. Once more, the optimization results of the first

problem should be equal to the results from the Mem-PSA

case. The mathematical formulation of the Mem-PSA op-

timization problem is given by Eq. (25), while the mathe-

matical formulation of the membrane attached to the waste

gas stream is given by Eq. (26).

4 Optimization results and discussion

The input to all four optimization cases is the SMROG of

the same characteristics, given in Table 2. For all four

cases, configurations C1, C2, C4, C5a, C5b and C8 have

been employed as described in Nikolic et al. (2009) and

two adsorbent layers have been used (activated carbon and

zeolite 5A). In practice, the configuration C8 requires a

variable overall feed and purge flow-rates to work in an

actual experiment. Nevertheless, it is used in the present

study to compare a configuration with three pressure

equalization steps to more efficient configurations C4 and

C5b that employ an additional co-current depressurization

step after the pressure equalizations. All transport and

Fig. 5 Schematic flowchart for hybrid scheme 2: PSA-Mem
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equilibrium properties for PSA are equivalent to those in

Nikolic et al. (2009). Silicalite-1 membrane with a stainless

steel support layer has been selected. Silicalite-1 has been

chosen because it is CO2 selective and extensively, both

theoretically and experimentally, investigated in the lit-

erature. Adsorption isotherm data and surface diffusion

coefficients for Silicalite-1 membrane are adopted from the

work of Bakker et al. (1997). Base case parameters for

adsorption bed and membrane are also given in Table 2,

while PSA runtime parameters are given in Table 3.

Molecular diffusivities through the metal support are cal-

culated using Chapman–Enskog’s equation.

Upper and lower bounds of the optimization variables

were as follows:

• Purge-to-feed ratio (0.5–2.5)

• Feed pressure (5–30 bar)

• Carbon-to-zeolite ratio (0.25–0.75)

• Length-to-diameter ratio (hybrid configurations: 5–15,

PSA-Only: 5–20)

• Membrane area (0.1–5 m2)

• Membrane thickness (0.1 9 10-5–5 9 10-5 m)

• Support thickness (1–10 mm)

All optimization problems have been solved using the

Process Systems Enterprise (2011) gPROMS/gOPT mod-

elling and optimization software. The axial domains for

each layer have been discretized using Orthogonal Collo-

cation on Finite Elements (OCFEM) of third order. 20

elements per layer have been used giving a total of 40

elements per bed. Axial domains in the retentate and per-

meate compartments have been discretized using OCFEM

of third order and 20 elements. Radial domain in the

membrane model has been discretized using OCFEM of

third order and 4 elements as no steep profiles were ob-

served along that direction.

The computational time depends on the complexity of the

particular optimization problem. The typical wall-time re-

quired for the computations of the Mem-PSA case on AMD

Phenom II X4 810 running on 2.6 GHz ranged from 14 and

up to 60 h CPU time, depending on the PSA configuration

complexity. These values are significantly higher compared

to the PSA only case. More particularly the CPU time re-

quired to run the optimization problem in C1 configuration

increases from 5 h for the PSA only case to 14 h for the

Mem-PSA case. For the C8 configuration the respective

values are 20 h for the PSA only case and 60 h for the Mem-

PSA case. For the PSA-Mem case, where membrane opti-

mization is uncoupled from PSA the required CPU time for

former was minimal in all runs (3–6 min). The same holds

for the Mem-PSA-mem case, where the optimization of the

second membrane is uncoupled with the Mem-PSA unit, so

each of the two was optimized separately.

Fig. 6 Schematic flowchart for

hybrid scheme 3: Mem-PSA-

Mem
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The overall conclusion from the optimization results is

that by using hybrid schemes it is possible to increase the

hydrogen recovery (*2 %), significantly decrease the size

of beds (up to 46 %) and hence increase adsorbent pro-

ductivity up to 184 %, capture the carbon monoxide and

carbon dioxide in a secondary stream (up to 76 % of car-

bon monoxide and carbon dioxide combined), and sig-

nificantly (up to 74 %) reduce carbon dioxide

concentration in PSA waste gases. It should be noted that

the carbon dioxide rich stream produced by the membrane

is of moderate purity, not suitable for immediate seques-

tration and has to be further processed or a different type of

membrane be used.

In this work, an increase in adsorbent productivity is

achieved by decreasing the size of beds by decreasing the

amount of adsorbent. This way the same amount of feed

can be processed by a lower amount of adsorbent. How-

ever, an increase in adsorbent productivity is also regis-

tered by leaving the bed size intact so that more feed can be

processed by the same amount of adsorbent due to the

lower concentration of impurities. The later may be a

preferred option in the case of the existing PSA plant.

4.1 Base case and case 1: PSA-Only and Mem-PSA

4.1.1 Recovery

Comparison of the overall H2 recovery inMem-PSA and H2

recovery in PSA-Only case, for all PSA configurations and

different CO2 concentrations in the membrane retentate, is

presented in Fig. 7. We can observe that the overall H2 re-

covery in theMem-PSA case is higher, up to 2 %, compared

to the PSA-Only case, except for C1 and C5a configurations.

Also, there is a trade-off between H2 recovery and CO2

concentration in themembrane retentate, used as a feed input

stream for PSA beds. As the CO2 content increases, for all

configurations, recovery increases as well. This effect is

more pronounced in configurations C1, C4 and C8.

The highest recovery is produced by the configurations

C4 and C5b. They differ from the others in that they op-

erate an additional co-current depressurization step (after

the pressure equalization steps) where the produced gas is

used to purge other columns. The combination of pressure

equalization and co-current depressurization steps leads to

a much higher recovery compared to the configurations

with the pressure equalization only. The reason is that the

pressure equalizations re-use a good portion of the void

gases but not completely, since the end pressure is always

higher than the purge gas pressure. If an additional co-

current depressurization step is used the whole amount of

void gases can be conserved, subject to certain limitations:

the column can be depressurized only up to the point where

the strongly adsorbed species start to breakthrough, other-

wise the other column undergoing purge step would be

contaminated with the strongly adsorbed species.

4.1.2 Length-to-diameter ratio

Comparison of the length-to-diameter ratio in Mem-PSA

and length-to-diameter ratio in PSA-Only case, for all

configurations and different CO2 content in the membrane

retentate, is presented in Fig. 8. Since the bed diameter has

been kept constant in all studies these results directly

represent the difference in size of the beds or in the other

words a difference in the amount of the adsorbent. It can be

observed that length-to-diameter ratio in Mem-PSA cases

follows a similar trend, but it is always lower compared to

PSA-Only case, which can be attributed to a much higher

Table 2 Base case feed characteristics and input parameters for ad-

sorption column and membrane

Parameter Value

H2 CO CH4 CO2

Composition (%) 75.5 4.0 3.5 17.0

Flowrate (litSTP/s) 2.5

Temperature (K) 303

Value

Adsorption column characteristics

Length (m) 1.0

Diameter (m) 0.1

AC/zeolite ratio 1

Membrane characteristics

Membrane surface (m2) 0.5

Membrane thickness (m) 1 9 10-5

Support thickness (m) 3 9 10-3

Feed pressure (bar) 10

Permeate pressure (Pa) 1 9 105

Table 3 PSA runtime parameters (all case studies)

Parameter Configuration

C1 C2 C4 C5a C5b C8

sPressCC (s) 120 60 60 48 48 60

sAds (s) 120 120 120 96 96 90

sPEQ1 (s) – 60 60 48 48 30

sPEQ2 (s) – – – 48 48 30

sPEQ3 (s) – – – – – 30

sCoCD (s) – – 60 – 48 –

sPurge (s) 120 60 60 48 48 60

sBlow (s) 120 120 60 96 48 90

scycle (s) 480 480 480 480 480 480
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CO2 content in feed in PSA-Only case; consequently,

longer beds are needed to achieve the same purity. Also, as

the CO2 content in feed stream increases—the length-to-

diameter ratio increases as well for all but one configura-

tion: C1–4 % CO2, which can be attributed to numerical

issues. This is an expected result when the amount of im-

purities increases, longer beds are needed to achieve the

same purity.

It can be concluded that it is possible to achieve a re-

duction in bed size, in amount of an adsorbent, up to 46 %

for the case of 3 % CO2. In conclusion, the capital cost and

the adsorbent productivity can be significantly improved by

using this hybrid scheme.

4.1.3 Carbon-to-zeolite ratio

Comparison of the carbon-to-zeolite ratio in Mem-PSA to

the carbon-to-zeolite ratio in PSA-Only case, for all

configurations and different CO2 contents in the membrane

retentate is given in Fig. 9. It can be seen that the carbon-

to-zeolite ratio is lower compared to PSA-Only case, for

most configurations. This trend is expected since the CO2

content is lower, thus, the activated carbon layer can be

shorter. Furthermore, it can be noted that as the CO2

content increases the carbon-to-zeolite ratio increases too,

for all configurations because of a higher amount of CO2 in

the feed stream. Thus, the activated carbon layer must be

longer to produce H2 of the same purity.

4.1.4 Purge-to-feed ratio

Comparison of the optimal purge-to-feed ratio inMem-PSA

to the purge-to-feed ratio in PSA-Only case for all con-

figurations and different CO2 contents in the membrane

retentate is presented in Fig. 10. It is seen that the optimal

purge-to-feed ratio follows the same trend and it is always

Fig. 7 Comparison of the

overall maximum H2 recovery

in Mem-PSA to H2 recovery in

PSA-Only case (for all

configurations and different

CO2 contents in the membrane

retentate stream)

Fig. 8 Comparison of the

optimal values of length-to-

diameter ratio in Mem-PSA to

those obtained in PSA-Only case

(for all configurations and

different CO2 contents in the

membrane retentate stream)
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higher compared to PSA-Only case. In addition, it can be

noted that as the CO2 content increases the optimal purge-

to-feed ratio increases too, for all configurations. This can

be explained by the fact that more gas is needed to purge

beds when the amount of impurities is higher. Only two

points are exceptions, C1–3 % CO2 and C2–3 % CO2,

which may be attributed to the numerical issues.

4.1.5 Membrane properties

The optimal membrane area, membrane thickness and

support thickness in Mem-PSA case for all configurations

and different CO2 contents in the membrane outlet stream

are given in Figs. 11, 12, and 13, respectively. It can be

observed that when a higher CO2 content is allowed to

leave the membrane unit - the membrane area is lower,

membrane thickness increases as the allowed CO2 content

increases, and the support thickness decreases as the al-

lowed CO2 content increases.

The membrane stage-cut, fraction of feed permeated

through a membrane, in Mem-PSA case is presented in

Table 4. Quite low values have been observed: 0.15–0.22.

This is in agreement with the objective of maximizing

hydrogen recovery, effectively demanding the minimal

losses through a membrane. Therefore, low membrane

stage-cut values are expected and desirable.

4.1.6 Waste gases

The averaged waste gas compositions in PSA-Only case for

all configurations is given in Table 5, while the averaged

waste gas compositions after PSA unit and the retentate/

Fig. 9 Comparison of the

optimal values of carbon-to-

zeolite ratio in Mem-PSA to

those obtained in PSA-Only case

(for all configurations and

different CO2 contents in the

membrane retentate stream)

Fig. 10 Comparison of the

optimal values of purge-to-feed

ratio in Mem-PSA to those

obtained in PSA-Only case (for

all configurations and different

CO2 contents in the membrane

retentate stream)
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Fig. 11 Optimal values of

membrane area in Mem-PSA

case (for all configurations and

different CO2 contents in the

membrane retentate stream)

Fig. 12 Optimal values of

membrane thickness in Mem-

PSA case (for all configurations

and different CO2 contents in

the membrane retentate stream)

Fig. 13 Optimal values of

support thickness in Mem-PSA

case (for all configurations and

different CO2 contents in the

membrane retentate stream)
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permeate compositions in Mem-PSA case, for all con-

figurations and CO2 content of 3 % in membrane retentate

are shown in Tables 6 and 7, respectively. It can be ob-

served that by employing this hybrid scheme it is possible

achieve up to 106 % higher H2 content and up to 74 %

lower CO2 content in waste gases compared to PSA-Only

case, the concentration of H2 ? CH4 combined in the

waste gases from the PSA unit is 81–74 % compared to

just 53–41 % in PSA-Only. Also, the concentration of the

CO ? CO2 stream in the membrane permeate is 73–76 %.

4.2 Case 2: PSA-Mem

As it was emphasized previously, the optimization results of

the first problem in this case study are identical to the results

in the PSA-Only case. The optimization results of the second

problem, which involves the optimization of the membrane,

are presented in Table 8. The results show that themajor part

of CO and CO2 can be removed from the waste gases (the

concentration of H2 and CH4 combined is between 95 and

96.7 %). However, the retentate flowrate is rather low,

compared to the feed flow rate, and it is only a small fraction

of it, 8–23 %. This can be seen from the values of the stage-

cut (hm) shown in Table 8. Note that membrane stage cut is

defined as the ratio of the permeate flow rate over fed flow

rate, so it is expected that this value will increase as the ratio

of retentate over feed flow rate decreases. Moreover, from

Table 9, where the membrane retentate/permeate composi-

tions are given for all configurations, we can see that the

concentration of CO ? CO2 combined in the permeate

stream is of amoderate purity (53–65 %) and not suitable for

immediate sequestration butmust be further processed.Also,

the operating costs, mainly the power requirements, are

higher because of the use of the compressor.

4.3 Case 3: Mem-PSA-Mem

Again, the optimization results of the first problem in this

case study are identical to the optimization results in Mem-

PSA case. Comparison of the combined H2 and CH4 content

in the retentate stream of the second membrane in Mem-

PSA-Mem case for all configurations and different CO2

contents in the retentate stream of the first membrane is

given in Fig. 14. Comparisons of the area, the thickness and

the support thickness of the second membrane inMem-PSA-

Mem case, for all configurations and different CO2 contents

in the retentate stream of the first membrane are presented in

Figs. 15, 16 and 17, respectively. The membrane optimiza-

tion results of the second problem in Mem-PSA-Mem case,

for all configurations and xCO2
¼ 3 % in the retentate of the

first membrane, are presented in Table 10.

The results in Fig. 14 show again that the major part of

CO and CO2 can be removed from the waste gases (the

concentration of H2 and CH4 combined is between 95.5

and 97.5 %). However, the ratio of retentate over feed flow

rate is again rather low: 9–22 % (see also stage-cut

Table 10). Moreover, H2 concentration in the permeate

stream is rather high, 46–69 %, while the concentration of

CO ? CO2 combined in the permeate stream produced by

the second membrane is very low and a possible solution

would be to recycle it back to the process to mix it with the

fresh feed. The operating costs are again higher because of

the use of a compressor.

5 Conclusions

A mathematical framework for modelling and optimization

of hybrid PSA/porous membrane gas separation units has

been proposed, developed and applied to the case of

Table 4 Membrane stage-cut in Mem-PSA case (for different CO2

contents in the membrane retentate stream)

Config. 3 % 4 % 5 % 6 %

C1 0.2174 0.1928 0.1728 0.1554

C2 0.2174 0.1928 0.1728 0.1554

C4 0.2174 0.1928 0.1728 0.1554

C5a 0.2091 0.1904 0.1712 0.1542

C5b 0.2091 0.1904 0.1712 0.1542

C8 0.2083 0.1897 0.1708 0.1538

Table 5 Averaged waste gas compositions after PSA unit in PSA-

Only case

Config. H2 CO CH4 CO2

C1 0.446328 0.091633 0.079067 0.382972

C2 0.391365 0.101102 0.086686 0.420847

C4 0.324356 0.115205 0.088491 0.471948

C5a 0.393019 0.101880 0.086310 0.418792

C5b 0.272536 0.112716 0.105122 0.509626

C8 0.306308 0.100415 0.100376 0.492901

Table 6 Averaged waste gas compositions after PSA unit in Mem-

PSA case (for all configurations and xCO2
¼ 3 % in the membrane

retentate stream)

Config. H2 CO CH4 CO2

C1 0.73699 0.09005 0.07400 0.09897

C2 0.70340 0.10036 0.08285 0.11340

C4 0.60199 0.13576 0.11055 0.15170

C5a 0.68489 0.10962 0.08663 0.11885

C5b 0.56268 0.15125 0.12426 0.16181

C8 0.63256 0.12672 0.10505 0.13567
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hydrogen production from SMROG. Several hybrid

separation schemes have been analyzed and possibilities for

process improvement are discussed and critically assessed.

Three distinct hybrid configurations have been studied: CO2

selective membrane attached to feed stream (Mem-PSA),

CO2 selective membrane attached to waste gas streams

(PSA-Mem) and CO2 selective membranes attached to both

feed and waste gases streams (Mem-PSA-Mem).

Table 7 Membrane retentate/

permeate compositions in Mem-

PSA case (for all configurations

and xCO2
¼ 3 % in the

membrane retentate stream)

Config. Retentate molar fractions Permeate molar fractions

H2 CO CH4 CO2 H2 CO CH4 CO2

C1 0.92108 0.02682 0.02210 0.03000 0.18894 0.09048 0.08405 0.63654

C2 0.92108 0.02682 0.02210 0.03000 0.18894 0.09048 0.08405 0.63654

C4 0.92108 0.02682 0.02210 0.03000 0.18894 0.09048 0.08405 0.63654

C5a 0.91743 0.02881 0.02377 0.03000 0.16522 0.08622 0.08095 0.66761

C5b 0.91743 0.02881 0.02377 0.03000 0.16522 0.08622 0.08095 0.66761

C8 0.91715 0.02895 0.02390 0.03000 0.16072 0.08582 0.08057 0.67288

Table 8 The membrane

optimization results in PSA-

Mem case (for all

configurations)

Config. Amemb (m
2) dmemb (9105 m) Pfeed (bar) dsupp (mm) xðH2ÞþðCH4Þ (%) hm

C1 0.2219 0.6842 12.3153 3.6075 96.7748 0.8875

C2 0.2120 0.6760 12.4800 4.2400 96.3464 0.8602

C4 0.3449 0.8515 12.3112 4.8801 96.1100 0.9044

C5a 0.2081 0.6838 12.3241 4.1621 95.4681 0.7668

C5b 0.3194 0.9263 12.4916 4.6424 95.0343 0.8685

C8 0.2127 0.6747 12.5066 4.2533 96.0255 0.9162

Table 9 Membrane retentate/

permeate compositions in PSA-

Mem case

Config. Retentate molar fractions Permeate molar fractions

H2 CO CH4 CO2 H2 CO CH4 CO2

C1 0.95549 0.01620 0.01226 0.01606 0.37992 0.10090 0.08731 0.43187

C2 0.94700 0.02144 0.01583 0.01509 0.29993 0.11351 0.09777 0.48880

C4 0.94510 0.02442 0.01600 0.01448 0.25831 0.12406 0.09562 0.52201

C5a 0.93339 0.02856 0.02076 0.01676 0.22838 0.12352 0.10571 0.54240

C5b 0.92464 0.03310 0.02575 0.01656 0.17448 0.12398 0.11644 0.58510

C8 0.94075 0.02301 0.01950 0.01674 0.24805 0.10692 0.10723 0.53779

Fig. 14 Combined H2 and CH4

content in the retentate stream

of the second membrane in

Mem-PSA-Mem case (for all

configurations and different

CO2 contents in the retentate

stream of the first membrane)
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Fig. 15 Optimal values of the

area of the second membrane in

Mem-PSA-Mem case (for all

configurations and different

CO2 contents in the retentate

stream of the first membrane)

Fig. 16 Optimal values of the

thickness of the second

membrane in Mem-PSA-Mem

case (for all configurations and

different CO2 contents in the

retentate stream of the first

membrane)

Fig. 17 Optimal values of the

support thickness of the second

membrane in Mem-PSA-Mem

case (for all configurations and

different CO2 contents in the

retentate stream of the first

membrane)
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The overall hydrogen recovery for given minimum re-

quirements in product purity has been systematically

maximized using recent advances on process optimization

while optimizing the number of beds, PSA cycle con-

figuration and various PSA and membrane operating and

design parameters. The optimization results have been

compared to the optimization results of the PSA only case.

Benefits from the hybrid gas separation systems have been

assessed in terms of the improvements in the overall hy-

drogen recovery, reduction of adsorption beds size, con-

centration of the carbon dioxide and carbon monoxide

captured in a separate stream, and reduction of the carbon

dioxide content in the waste gas streams. The major im-

provements include: increase in the overall hydrogen re-

covery (*2 %), significant reduction in bed size (up to

46 %) that is increase in adsorbent productivity (up to

184 %), concentration of the captured carbon monoxide

and carbon dioxide (up to 76 % of carbon monoxide and

carbon dioxide combined). Since the accurate techno-eco-

nomical parameters of the process are not available it was

not possible to asses whether the obtained improvements

are large enough to overcome the required capital and extra

operating costs.
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